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A compartmental model is used to study imperfect mixing and its effects on polymer 
properties. Examples of imperfect feed mixing caused by a rapidly decomposing initiator 
are shown for styrene polymerization, high-pressure ethylene polymerization, and vinyl 
acetate/methyl methacrylate solution copolymerization. Continuation analysis indicates 
mixing can change reactor steady states and stability. A composite approach is proposed 
to construct $11 molecular weight distribution (MWD) under imperfect mixing. In linear 
polymerization imperfect mixing broadens MWD; however, in nonlinear polymerization 
mixing can cause either broader or narrower MWD. By changing the dominant chain- 
termination mechanism to chain transfeq the influence of imperfect mixing on the MWD 
can be reduced. Depending on reactivity ratio and monomer composition, mixing also 
affects copolymer composition and chain sequence length. 

Introduction 
In order for bimolecular reactions to occur, reactants have 

to be brought into contact with each other. When the rates of 
reaction and mixing are similar, a strong interaction exists 
between these two processes. This interaction is especially 
important in polymerization reactors because not only reac- 
tor productivity, but also polymer properties can be signifi- 
cantly affected by mixing. 

Imperfect mixing generally refers to the nonhomogeneity 
of species concentration inside the reactor at both macro- 
scopic and microscopic levels. Macromixing deals with mixing 
on the reactor scale, such as mixing caused by a velocity field; 
while micromixing is concerned with mixing on the molecular 
scale because a macroscopically well-mixed fluid may not be 
well-mixed microscopically. 

Mixing effects have been reported in many polymerization 
systems, such as continuous styrene polymerization with a fast 
decomposing initiator (Sahm, 1978; Villennaux, 1991), styrene 
solution polymerization at high conversions (Harada et al., 
19681, styrene suspension polymerization under ultrasonic ra- 
diation (Hatate et al., 19811, and vinyl acetate suspension 
polymerization (Baade et al., 1982). 

Mixing affects monomer conversion, initiator consumption 
(van der Molen and Keonen, 1981; Marini and Georgakis, 

Correspondence concerning this article should be addressed to W. H. Rav. 
Preseni address of S. X. Zhang: Exxon Chemical Company, 5200 Bayway Drive, 

Baytown, TX 77520. 

1984a1, copolymer composition distribution (CCD) (Atiqullah 
and Nauman, 1990; Mecklenburgh, 1970; O’Driscoll and 
Knorr, 1969), and the molecular-weight distribution (MWD) 
(Tadmor and Biesenberger, 1966; Marini and Georgakis, 
1984b; Tosun, 1992). The mean values of CCD and MWD 
are less affected than the breadth of the distributions, which 
often increases with poorer mixing. 

Because polymer properties are determined by many ki- 
netic mechanisms, detailed kinetics are needed to under- 
stand the impacts of mixing on polymer properties. However, 
the articles discussing mixing effects in polymerization reac- 
tors only consider simplified kinetics or some specific sys- 
tems. Little attention has been paid to understand the inter- 
action between mixing and kinetics and the impact of mixing 
on polymer properties. This article intends to fill this gap, 
and its objective is a better fundamental understanding of the 
mixing effects on polymer properties. 

In this article, a realistic compartmental mixing model is 
used to study imperfect mixing caused by fast decomposing 
initiators. Detailed polymerization kinetics is employed to 
understand the effects of mixing on polymer properties. Three 
polymerization systems are studied because of their indus- 
trial importance and distinct kinetics: styrene solution poly- 
merization, which is a typical linear homopolymerization; 
high-pressure ethylene polymerization, which has significant 
branching reactions; and vinyl acetate/methyl methacrylate 
copolymerization, which has very different monomer reactiv- 
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ity ratios. The results suggest that imperfect mixing has a dif- 
ferent qualitative effect on the polymer properties, depend- 
ing upon the kinetics involved. 

Review of Imperfect Mixing Models 
Many mixing models have been proposed in the literature, 

all of which consider the nonuniformity of species concentra- 
tion inside the reactor. They can be loosely classified into 
three categories: fluid-flow models, fluid-particle models, and 
fluid-mechanics models. As suggested by Smit (19921, any 
model that explains slowness of mixing can describe experi- 
mentally determined variables, such as initiator consumption. 
Hence, another empirical or semiempirical mixing model does 
not represent a major contribution to the fundamental un- 
derstanding of mixing in polymerization reactors. 

Fluid-jbw models 
Fluid-flow models divide the reactor into several zones with 

well-defined macro- and micromixing characteristics and are 
simple but realistic mixing models. They can be further di- 
vided into compartmental and environmental models. 

Compartmental models construct a flow sheet by connect- 
ing different reaction zones that are usually perfectly mixed 
continuous stirred-tank reactors (CSTRs). They mainly de- 
scribe macromixing patterns inside the reactor when material 
transport between different zones is only by convection. 
However, they can also represent some degree of micromix- 
ing if diffusion is allowed between different zones (Vil- 
lermaux, 1989a). Compartmental models have been used to 
study imperfect mixing in continuous LDPE autoclave (Marini 
and Georgakis, 1984a; Chan et al., 1993) and a semibatch 
reactor (Tosun, 1992). They have also been used to study the 
influence of mixing on reactor stability (Zacca et al., 1995) 
and interaction of mixing and gelation (Kalbfleisch and Tey- 
mour, 1995). 

Environment models (Weinstein and Adler, 1967; Viller- 
maux and Zoulalian, 1969; Mehta and Tarbell, 1983) repre- 
sent imperfect mixing by a combination of environments, each 
in an extreme state of either perfect mixing or complete seg- 
regation. One or more free parameters control the amount of 
fluid entering each environment. If the flow characteristics 
remain the same, the parameters obtained from one kinetic 
scheme can be applied to another kinetic scheme. 

Fluid-particle models 
Fluid-particle models assume the reactor fluid consists of 

many droplets that interact in pairs by either diffusion or 
coalescence and redispersion. The resulting models are popu- 
lation balances over the droplet properties. Based on inter- 
action mechanisms, they can be further divided into coales- 
cence-redispersion (CRD) models, interaction by exchange 
with a mean environment (IEM) models, and composite 
models. 

In CRD models, two fluid particles coalescence, com- 
pletely mix their contents, and immediately break up into two 
particles. By varying the coalescence and breakage rate, the 
mixing conditions change from complete segregation to per- 
fect mixing. Representative examples include the one by Curl 
(1963) for single CSTR and one by Kattan and Adler (1972) 

for arbitrary residence-time distribution. Because CRD mod- 
els are difficult to solve for complex reactions, Monte Carlo 
simulations have also been applied (Spielman and Leven- 
spiel, 1964; Hatate et al., 1981). 

IEM model assumes that interaction between different 
fluid particles can be represented by a mass-transfer process 
with an environment having the mean concentration of all 
the particles (Villermaux, 1991). By varying the ratio of reac- 
tor residence time to micromixing time, the reactor changes 
from perfect mixing to complete segregation. It has also been 
applied to both macro- and micromixing (Fox and Viller- 
maux, 1990). 

Composite models combine environment and fluid-particle 
models, where intermediate mixing is allowed within each en- 
vironment. They are proposed to correct drawbacks of the 
original approaches, but introduce some additional complex- 
ity (Goto and Matsubara, 1975; Ritchie and Tobgy, 1978; Call 
and Kadlec, 1989). 

Fluid-mechanics models 
Fluid-mechanics models try to describe the mixing phe- 

nomena from first principles. They have a more sound theo- 
retical basis, but have difficulty handling complex geometry 
and reaction kinetics. Some fluid-mechanics models are based 
on ultimate microturbulence and molecular diffusion of the 
fluid element (Nauman, 1975; Baldyga and Bourne, 1984; 
Fields and Ottino, 1987). 

The most recent development in modeling imperfect mix- 
ing is computational fluid dynamics (CFD) that solves the 
governing equations of the flow and yields a complete flow 
field. CFD has recently been applied to model imperfect mix- 
ing in high-pressure ethylene polymerization in autoclave and 
tubular reactors (Torvik et al., 1995; Tsai and Fox, 1995; Read 
et al., 1996). Although CFD is a powerful tool in handling 
mixing in a complex geometry, it still suffers from very long 
computation times and difficulties in handling micromixing 
effectively. 

Free-radical Polymerization Kinetics 
A general kinetic model for free-radical polymerization is 

developed based on the kinetic model developed for addition 
polymerization (Arriola, 1989). It predicts polymer chain- 
length distributions, copolymer composition, and chain se- 
quence length. Table 1 summarizes the major kinetics steps. 
In the table, Dn,h refers to dead polymer with chain length n 
and trifunctional branching points b; Pi,,, represents the 
live polymer with chain length n, trifunctional branching 
points b and end group of type i. 

The model is developed on the basis of the following as- 
sumptions: 

Long chain approximation. 
Quasi-steady-state approximation (QSSA) for live radi- 

cals and instantaneous properties. 
Reactivity of a live polymer chain depends only on the 

end-group type. 
Transfer to polymer assumes that bulk copolymer com- 

position is homogeneous with respect to the chain-length dis- 
tribution. 
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Table 1. Free-Radical Polymerization Kinetics 

Initiation 
Peroxide or azo-compound 

decomposition 

Special initiation 
Propagation 

Forward and reverse 
Termination 

By coupling 

By disproportionation 

By inhibition 

Spontaneous 
Chain transfer 

To monomer 

To solvent 

To transfer agent 

Spontaneous 

Reinitiation 

Backbiting 

Scission after backbiting 

Transfer to polymer 

Scission after transfer 
to polymer 

Terminal douhle bond 

f i d  I-2R. 

Re + M--+Pl,o 
gk 

C + M A P , , o  

psi 

kP 
' n . b +  M H P n + l . b  

Kinetic rate constants 
The reaction rate constants are calculated from a general- 

ized Arrhenius form, with the inclusion of activation volume 
V, and centering factor C, 

E, + PV, 
+ c.) . (1) 

The copolymerization systems are modeled with a pseudo- 
homopolymerization approach based on the instantaneous 
property method (Hamielec and MacGregor, 1983; Kuo et 
al., 1984). A set of apparent rate constants is calculated from 
the instantaneous monomer and copolymer properties. Ho- 
mopolymerization can be directly applied except for the 
copolymer properties. A complete list of apparent rate con- 
stants is given in Table 2. 

Gel effect is modeled by multiplying the propagation and 
termination rate constants by gel-effect factors. The gel- 
effect correlations used are the same as those used by Kalfas 
and Ray (1993). 

Polymer moment equations 
The method of moments is used to calculate polymer MWD 

(Ray, 1972). The live and total polymer number chain-length 
distribution (NCLD) moments are defined as 

Table 2. Apparent Rate Constants of Free-radical 
Copolymerization 

N N  N 

N N  

i =  1 

N N  

k f d  = c c k,d,,P'P' 
i = l  , = I  

N 

krrp = c krsp,P' 
i =  1 

Live polymer moments: 

Bulk polymer moments: 

Applying the moment definition (Eqs. 2 and 3) to the popula- 
tion balance of polymeric species yields the moment balance 
equations. Complete moment balance equations for a single 
CSTR up to the third moments are given in the Appendix. 
Bulk polymer properties can be calculated from the bulk 
polymer moments. 

Degree of polymerization: LIP, = Al,O/Ao,o 
Polydispersity: z p  = (A2,0~O,O)/A?,O 
Branching degree: B, = Ao, I/AO,O 
Branching dispersity: ' b  = (Al, 1 'O,O)/f A l , O  AO, 1 )  

Instantaneous copolymer properties 
Under the long-chain approxima- 

tion, the instantaneous radical composition Pi is determined 
only by the propagation reaction. The rate of change of live 
polymer chain of j type is 

Radical Composition. 

N N 

(4) 

Under the QSSA, rates of change of live polymer are set 
zero: Rp, = 0, j = 1, . . . , N .  Preceding N linear equations can 
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then be solved for the instantaneous radical composition. 
Copolymer Composition. The instantaneous copolymer 

composition is the instantaneous monomer mole fractions in- 
corporated into the polymer: 

RMl Inst Fpl = 7, 

c RM< 
i =  I 

where the monomer consumption rates are 

Chain Sequence Length. The probability of forming IZ se- 
quential units of monomer j in the growing polymer chain is 
given by 

The instantaneous average chain sequence length for 
monomer j is 

1 
=- 

1 - Pjj 
(10) 

Cumulative properties 
Unreacted Monomer Composition, 

for unreacted monomer i in a CSTR is 
The balance equation 

d(  VC, F,, ) 

dt 
= Q i " C k F g  - QoutC,,,F,,,, - T/RAluInstFm,. (11) 

From the total unreacted monomer balance around the reac- 
tor, we have 

Substitution of Eq. 12 into the individual monomer balance 
equation, Eq. 11, gives 

dFm 
VCm- = Q ' " C k ( F g -  Fm,)+l/RA,,,(Fm, -InstFmz). (13) 

dt 

Copolymer Composition. Similar to the derivation of FM,, 
copolymer composition in a CSTR is given by 

Chain Sequence Length. Chain sequence length in a CSTR 
can be obtained by integrating the corresponding instanta- 
neous properties over time (Arriola, 1989): 

where 

Compartmental Mixing Model 
In many polymerization reactors, imperfect feed mixing 

happens when initiator lifetime is comparable to polymeriza- 
tion time, which is usually related to the reactor residence 
time. Under these conditions, it is difficult to mix the feed 
plume well before it is consumed. The initiator concentration 
is not uniform throughout the reactor, which in turn affects 
the reactor operation and polymer properties. 

A compartmental model is employed to model this imper- 
fect feed mixing; the model consists of two small mixing zones 
followed by a main reaction zone with recycle to represent 
the jet inflow. In the Figure 1, f ,  is the total fraction of recy- 
cle volume to the two small zones; f l  and f 2  are the fractions 
of the total recycle stream going to zone 1 and zone 2, 
respectively. The ratio of f l  to f2 is assumed to be the same 
as the volume ratio of zone 1 to zone 2 to reflect the volume 
difference between the two small mixing zones. This mixing 
model is similar to the one proposed by Marini and Geor- 
gakis (1984a) and the partially segregated feed model of 
Villermaux (1989b). The mixing parameters have been 

Feed Exit Feed Exit 

I 

Real Reactor Mixing Model 

Figure 1. Compartmental mixing model. 
Model for an imperfectly mixed reactor with feed entering 
as a plume. The model consists of a main reaction zone with 
two small mixing zones in series to represent the jet inflow. 
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Recycle m--? 
Inlet Outlet 

Figure 2. Flowsheet of a compartmental mixing model. 
The flow sheet consists of three perfectly mixed tank reac- 
tors. two stream mixers, and two stream splitters. 

successfully estimated from system responses to different dis- 
turbances (Zhang, 1996). 

A distinctive feature of the present mixing model is the 
modular structure as shown in Figure 2. The whole flowsheet 
consists of three basic units: well-mixed tank reactor, stream 
mixer, and splitter. These basic units are independent mod- 
ules with compatible stream structure so that they can be 
connected into different flowsheets. 

Homogeneous tank reactor 
Balance equations for the well-mixed tank reactor include: 

Material balances for monomer, polymer, and other 

Moment balances for polymer MWD. 
An energy balance for reactor temperature. 

Only monomer. polymer, and solvent are considered to 
have significant volume. Other species, such as initiator, 
modifier, and inhibitor, exist only in tracer amounts and have 
negligible volume contribution. 

Component densities and heat capacities are polynomial 
functions of reactor temperature and pressure. The reacting 
mixture properties are calculated from individual-component 
physical properties assuming volume additivity. 

Material Balance. A total material balance around the 
well-mixed reactor yields 

species. 

(18) 

The balances for other nonpolymer species in the tank are: 
Initiator 

Solvent 

(20) 

Inhibitor 
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Chain transfer agents 

Energy Balance. The total energy balance around the 
well-mixed tank reactor is 

d(Vpe)  dT 
dt dt Q pe + Verx,, + c- = QinPinein - 

(24) 

where c is the reactor-wall heat capacity, e is the enthalpy of 
the reaction mixture, and is the overall heat transfer coef- 
ficient for the jacket. 

Stream mixer and splitter 
The stream mixer combines two incoming streams and has 

only one state, temperature. The outlet stream is calculated 
from inlets assuming simple mixing rules and averaging poly- 
mer moments. 

The splitter divides one inlet stream into two outlet streams 
that have the same temperature, pressure, and composition 
as the inlet. The splitter also has no volume and dynamics 
and has only one design variable, the volume fractions of the 
inlet directed to the side outlet. 

Numerical solution 
The material, energy, and polymer moment balances, as 

well as the equations resulting from recycle streams are rep- 
resented by a set of differential and algebraic equations. 
These equations, which can be written as 

f(x, f, 8 ,  t )  = 0,  (25) 

implicitly describe the relationship between states x, time 
derivative of the states f, model parameters 8,  and time t .  
The simulation, parameter estimation, and continuation anal- 
ysis have been carried out under the framework of the 
POLYRED package developed in our group. A detailed dis- 
cussion of POLYRED capabilities is presented elsewhere 
(Hyanek et al., 1995; Zacca et al., 1995; Ochs et al., 1996). 

Continuous Styrene Polymerization 
In polymerization reactions with fast decomposing initia- 

tors, mixing influences the initiator concentrations inside the 
reactor, which in turn affects the polymer MWD through the 
chain growth process. Sahm (1978) studied styrene solution 
polymerization with fast decomposing initiators. The experi- 
ments were carried out in a standard 670-cm3 baffled reactor 
equipped with 6-blade turbine. Cyclohexane was used as sol- 
vent to keep the reaction medium at a constant low viscosity. 
Mixing effects were found when using fast decomposing ini- 
tiators, such as PERKADOX 16 (bis-4-t-butylcyclohexyl per- 
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Figure 3. Effects of mixing on polydispersity. 
Styrene solution polymerization in an imperfectly mixed 
CSTR. The mixing model prediction is compared with the 
experimental results from Villermaux (1991). The reactor is 
operated isothermally at 75°C with cyclohexane as solvent. 

oxydicarbinate). Polydispersity (MJM,,) increases with in- 
creasing residence time and decreasing stirring speed suggest 
that the MWD depends on the mixing conditions. 

With the compartmental mixing model, polydispersities at 
900 and 1,800 rpm are predicted using mixing parameters es- 
timated at 300 and 3,600 rpm. The experimental results and 
the model predictions are shown in Figure 3. The kinetic pa- 
rameters used in simulation are obtained from the open liter- 
ature (Blavier and Villermaux, 1984) and are listed in Table 
3. The only adjustable mixing parameter is the recycle frac- 
tion from the main reaction zone to the two small inlet mix- 
ing zones f,. The values of f ,  at 300 and 3,600 rpm were 
estimated using the parameter estimation driver (PED) of the 
POLYRED package. Since the local mixing energy dissipa- 
tion rate E is proportional to N2D3,  where N and D are the 
impeller speed and diameter, f ,  is correlated linearly to the 
logarithm of the stirring speed N as shown in Figure 4. The 
semilog correlation results, and the best fits from the experi- 
ments at 900 and 1,800 rpm are very close. 

The differences between the model prediction and the ex- 
periments at low stirring speed is mainly caused by keeping 
all the other mixing parameters independent of stirring speed. 
Apparently, the mixing zone size may also change if the stir- 
ring speed varies over a wide range. Better fit can be achieved 
by using more adjustable parameters. However, this will in- 
crease the freedom of estimation and reduce the prediction 
power of the model. Furthermore, the normal precision in 
polydispersity measured by gel permeation chromatography 
(GPC) suggests that the difference between the prediction 

Table 3. Kinetic Rate Constants of Styrene Polymerization* 

Reaction Rate Constants at 75°C 

Initiation k ,  1.23 x s - l  

Propagation k ,  2.4OX1O2 L.mo1- l -s - l  
Combination k,,  
Disproportionation k,,  1 . 1 0 ~ 1 0 ~  L.rnoI-'.s-' 
Transfer to 

(Perkadox 16) f = 0.5 

2.00 x lo7 L .  mol- '. s-  

1.52 X 10- I L . mol- - s-  I 
monomer k,,,  

*Parameters are from Blavier and Villermaux (1984). k,, is modified to 
match the polydispersity under the perfect mixing condition. 

0.8 t 

0 
200 500 1000 2000 5 

Stirring Speed (rpm) 

Figure 4. Prediction of mixing parameters. 
The recycle fraction f, is predicted from the semilog corre- 
lation using the f, values estimated at other mixing condi- 
tions. 

and experiments is close to experimental error. Taking these 
factors into consideration, the agreement between model 
prediction and experiments is quite reasonable. 

Imperfect Mixing in Low-density Polyethylene 
Autoclaves 

In a typical low-density polyethylene (LDPE) autoclave re- 
actor, the initiator half-life time is only several seconds; while 
reactor residence time is usually 30 to 60 s. Under these con- 
ditions, the initiator concentration is not uniform throughout 
the reactor. 

Figure 5 shows the flow sheet and reaction conditions of 
an imperfectly mixed LDPE autoclave. The kinetic parame- 
ters used for the simulation are obtained from the available 
literature (Chen et al., 1976; Goto et al., 1981) and are listed 
in Table 4. The three reaction zones are assumed to be adia- 
batic CSTRs under constant pressure, typical of the real in- 
dustrial autoclaves. The total recycle fraction ( f , )  is 0.86, cor- 
responding to a recycle ratio of 6.14, to represent the high 
stirring speeds and high mixing energy inputs commonly found 
in commercial operations. The feed conditions are the same 
for the well-mixed and imperfectly mixed reactors in order to 
show only the mixing effects. 

Figure 6 shows the steady-state outlet temperature as a 
function of inlet initiator concentration. The reactor shows 
multiple steady states under the perfect and imperfect mix- 
ing. The lower steady states correspond to a reactor extinc- 
tion; the upper steady states represent the normal operation 
conditions. For adiabatic reactors, monomer conversion is di- 
rectly proportional to temperature rise. At the same inlet ini- 

Recycle 

O.O005wt%I 10 mYs & 33.3% !2 67.7% 4+, ~ 

15OoC 
2000 atm - T1 525 ml 

2000 atm 

25 ml 50 ml u 
Figure 5. Flow sheet of an imperfect mixed LDPE auto- 

2000 atm 2000 atm 

clave reactor. 
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Table 4. Kinetic Rate Constants of High-pressure Ethylene 
Polymerization 

ko Ea Va * 
Reaction (L/mol* s) (cal/mol) (cal/atm * mol) 

Initiation k ,  1.81 X 10l6 38,400 0.0605 
(DTBP) 

Propagation k ,  1.14X lo7 7,091 - 0.477 
Termination k,,  3.00X lo9 2,400 0.3147 
Transfer to 1.11 x 106 9,000 0.1065 

polymer k r r p  
Transfer to 6.44 X lo6 9,391 - 0.4722 

Transfer to 2.92 X lo6 11,041 - 0.484 

Backbiting k ,  2.95 x 107 9,016 - 0.5690 
p-scission k p  1.04X 10” 20,000 - 0.465 

solvent k,,, 

monomer k,,, 

*V, can be converted to cm3 using conversion factor of 41.293. 

260 

5 240 2 = 220 
2 g 200 

180 

160 

tiator concentration, a perfectly mixed reactor has a higher 
outlet (zone 3) temperature and monomer conversion. Thus 
improving initiator mixing can improve reactor productivity. 
However, if temperature is above 300°C, ethylene decompos- 
ing reactions become important and lead to a reactor run- 
away (Zhang et al., 1996). 

Steady-state number (DP,) and weight (DP,) average chain 
length as a function of the inlet initiator concentration are 
shown in Figures 7 and 8. For both perfect and imperfect 
mixing, DP,, decreases with increasing initiator feed, while 
DP,. increases. Notice that in a perfectly mixed reactor DP,, 
is smaller while DP, is larger than a corresponding imper- 
fectly mixed one, resulting in a higher polydispersity. 

- 

- 
- 
- 
- 
- 

Vinyl AcetatdMMA Copolymerization 
To study the interaction between branching and mixing, 

the LDPE mixing model has been applied to solution copoly- 
merization of vinyl acetate (VAc) and methyl methacrylate 
(MMA). The reactor is operated isothermally at 65°C with 
the mixing flow sheet and reaction conditions shown in Fig- 
ure 9. Relatively long residence time (8 h) is chosen to show 
the more severe mixing cases. The initiator used is benzoyl 
phenylaceteyl peroxide (BPPO), an initiator with a relatively 
rapid rate of decomposition. The kinetic parameters are listed 

300 11 I I I I I I 

280 / 

140 ‘ f I I I I , I 
2e-06 3e-06 4e-06 5e-06 6e-06 7e-06 8e-06 9e-06 le-05 

Inlet Initiator Weight Fraction 

Figure 6. Continuation diagram of mixing-zone temper- 
atures. 
The steady-state temperatures in different miring zones are 
shown as a function of the inlet initiator concentration. 

lo00 I I I I I t I 
2.2-06 3e-06 4e-06 5e-06 6e-06 7e-06 8e-06 9e-06 le-05 

Inlet Initiator Weight Fraction 

Figure 7. Continuation diagram of number average 
chain length. 
Steady-state number average chain length (DP,) is shown as 
a function of the inlet initiator concentration under both 
perfect and imperfect mixing conditions. 

in Table 5, which are also obtained from the available litera- 
ture (Brandrup and Immergut, 1989). 

MWD of the miring model 
Since the shape of the MWD may have a significant impact 

on the final polymer properties, understanding the influence 
of mixing on the full MWD is important. If the instantaneous 
MWD in each mixing zone is represented by some known 
distribution functions such as log-normal distribution, the 
overall MWD from the whole reactor is the weighted summa- 
tion of the instantaneous MWD in each zone. The parame- 
ters of the instantaneous distribution function can be calcu- 
lated from the instantaneous polymer properties, which only 
depend upon the rate of change of the polymer moments and 
are independent of the inflow conditions. 

RALO 

Rho,, 

RA,*ORAO,O 

(RA,,,)* ’ 

Inst DP,, = - 

Inst Z p  = 

(26) 

(27) 

16000 

14000 

d 12000 CI 

loo00 

so00 

Perfect Mmng 
Imperfect Mixing 

6ooo‘ I I I I 
2e-06 3e-06 4e-06 5e-06 6e-06 7e-06 8e-06 9e-06 le-05 

Inlet Initiator Weight Fraction 

Figure 8. Continuation diagram of weight average chain 
length. 
Steady-state weight average chain length ( D P J  is shown as 
a function of the inlet initiator concentration under both 
perfect and imperfect mixing conditions. 
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Figure 9. Mixing model for vinyl acetate/MMA copoly- 
merization; the model is the same as the one 
used for the LDPE autoclave. 

- 
- 

The MWD of each mixing zone and the overall MWD of 
the imperfectly mixed reactor are shown in Figure 10. The 
MWD curves shown here are the equivalent GPC curves. The 
instantaneous MWD in each mixing zone is different because 
of the different local environments (e.g., initiator concentra- 
tions). Because the initiator decomposes extremely fast, small 
injection zones have higher initiator concentrations and sub- 
sequently produce shorter polymer chains than the bulk of 
the reactor. As a result, although the MWD in each zone is 
symmetric log-normal distribution, the overall MWD is a dis- 
torted distribution with a shoulder in the high molecular- 
weight region. 

Linear and nonlinear polymerization 
In linear polymerization systems, there is no significant 

branching or transfer to polymer reaction and the chains pro- 
duced are linear. However, in nonlinear polymerization, sig- 
nificant branching exists and the polymers produced are 
highly branched. Depending on whether the polymerization 
is linear or nonlinear, the influences of mixing on the MWD 
are different. 

Figure 11 shows the polydispersity ( Z , )  as a function of the 
reactor residence time for the vinyl acetate (VAc)/MMA 

Table 5. Kinetic Rate Constants of VAc/MMA 
Copolymerization 

Monomer Reaction 
Vinyl Initiation k, 

acetate (BPPO) 
Propagation k p  
Termination k,, 
Transfer to 

Transfer to 

Transfer to 

Transfer to CBr, k,,,  

methacrylate Termination k,,  + k, ,  

polymer k , ,  

solvent k,,, 

monomer k,,, 

Methyl Propagation k ,  

Termination kld/krc 
Transfer to 

Transfer to 

Transfer to CBr, k,,,  

solvent k,,,  

monomer k,,,  

Reactivity Propagation 
ratios 

ko 
(L/mol-s) 
1.763 X 1OI2 

3.2 x 107 
3.70 x 109 

1.088 x 104 

3.4244X lo3 

7.616 X lo3 

1.248 X 10' 

4.92 X lo5 

2.483 X lo3 
4.92 

4.39 x 102 

1.328 X lo5 
r, = 0.03 

9.8 x 10' 

E,  
(cal/mol) 

21,750 

6,300 
3,200 
6,300 

6,300 

6,300 

6,300 

4,353 
701 

4,073 
4,353 

4,640 

6,300 

r2 = 26.0 

0.3 
0 .- - 
E 
2 

0.2 
M 
.d 

0.1 

I . .  
- 

Free Radical 

total Zone 1 = 1.59e-6 [MI 
Zone 2 = 4.58e-7 [MI 
Zone 3 = 4.43e-8 [MI 

copolymerization and as a function of the inlet initiator con- 
centration for the LDPE autoclave. For the VAc/MMA sys- 
tem, a perfectly mixed reactor yields a low Zp of 2 for the 
entire residence time; while for an imperfectly mixed reactor, 
Zp increases linearly with the residence time due to the con- 
centration nonuniformity inside the reactor. The exit polymer 
is a blend of polymers produced in the different zones under 
different conditions and thus have a broader MWD than the 
polymer produced in each zone. 

4.5 VAcNMA 

1.5 ' I I I I 
0 5000 10000 15000 20000 25000 30000 

Residence Time (sec) 

l4 t / 
Perfect // Mixing t Mixing 
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By contrast, in an LDPE autoclave, polymers with higher 
polydispersity are produced under perfect mixing, which is 
different from the common belief that imperfect mixing al- 
ways causes higher polydispersity because of the nonuniform- 
ity of species concentrations. 

The differences in polydispersity between the LDPE and 
the VAc/MMA systems are due to different kinetic mecha- 
nisms, specifically the branching reaction for LDPE. Figure 
12 shows the branching degree for both systems. Although 
vinyl acetate has relatively high transfer to polymer reactions, 
long-chain branching is not significant in the VAc/MMA sys- 
tem studied here (less than 0.001 branch per chain) because 
of high solvent concentrations and the presence of a non- 
branching comonomer MMA. However, the LDPE polymer- 
ization has strong branching reactions and the polymers 
produced are highly branched (0.4-0.8 branch per chain). 
Thus, while the nonuniformity in small molecules such as ini- 
tiator and monomers dominates the MWD in the VAc/MMA 
system, the fact that high radical concentrations are in re- 
gions of low dead polymer concentration and vice versa lead- 
ing to reduced branching dominates the MWD in the LDPE 
system. Hence, mixing effects dominate in the VAc/MMA 
system, while kinetic effects dominate in the LDPE system. 
Considering both kinetic and mixing effects is important in 
understanding how the mixing will influence the MWD, be- 
cause branching effects can sometimes overcome the effects 
of linear chain nonuniformity caused by imperfect mixing. 

10 , , , , I  , , , ,  I , , , , , , , , , ~ , , ,  I , , , , , ~ , , , , , , I l l , , 1 1 1 1 1 , , ,  

4 - Imperfect Mixing 

- 

0 
-1 0 1 2 3 4 

Wt% (CBr,) 

Figure 13. Effects of chain transfer agent on polydis- 
persity; VAc/ MMA copolymerization with 
mixing parameters as: f ,  = 0.86, f ,  = 0.333. 

Chain transfer agents 
In linear polymerization systems we have seen that poor 

mixing causes a broader MWD. If low polydispersity is de- 
sired under imperfect mixing conditions, we can take advan- 
tage of the kinetics to reduce the mixing effects. Since high 
polydispersity under imperfect mixing is caused by significant 
heterogeneity in initiator concentration, if the dominant chain 
termination steps are changed to reactions other than the 
usual radical termination, mixing effects on the MWD can be 
reduced. For example, using a chain transfer agent (CTA) 
will change the dominant termination mechanism to chain 
transfer to the transfer agent. 

Figure 13 shows the effects of a chain transfer agent (CBr,) 
on polydispersity in VAc/MMA copolymerization. The poly- 
dispersity decreases dramatically with increasing CTA con- 
centration in an imperfectly mixed reactor. When the inlet 
CBr, concentration is greater than 2%, both perfect and im- 
perfect mixing yield similar low polydispersity. However, there 
is a well-known trade-off between polydispersity and chain 
length, shown in Figure 14. Thus there must be an optimal 
combination of initiator and CTA concentrations to achieve 
the desired polydispersity and chain length with acceptable 
production rate. 

40 t 
- 1  0 1 2 3 4 

Figure 14. Effects of chain transfer agent on chain 
length; VAc/ MMA copolymerization with 
mixing parameters as: f ,  = 0.86; f ,  = 0.33. 
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Figure 15. Influence of chain transfer agent on the 
MWD. 
The influence of CBr, feed concentration, Wa(in), on the 
MWD in the VAc/MMA copolymerization. Instantaneous 
MWD in each zone is assumed to be a lognormal distribu- 
tion. Simulation parameters: f, = 0.5, f, = 0.33. 

Figure 15 shows the influence of CTA on the instanta- 
neous MWDs in different regions and on the overall MWD. 
Without CTA the instantaneous MWDs in the different re- 
gions are quite different and the overall MWD has a tail in 
the high molecular-weight region. However, as the CTA con- 
centration increases, chain transfer becomes the dominant 
chain-termination mechanism, and the CTA concentrations 
are relatively uniform inside the reactor. The MWD in each 
zone then becomes more uniform and moves toward the lower 
molecular-weight region. The overall MWD becomes nar- 
rower, but shifts toward lower molecular weight. 

Mixing and Copolymer Properties 
Copolymer composition and chain sequence length are im- 

portant in copolymerization because they affect the final 
polymer properties. Depending on reactivity ratios and 
monomer compositions, the copolymer properties can be af- 
fected by mixing. Figure 16 shows copolymer composition 
(Fpl) as a function of unreacted monomer composition (FMI) 
for the styrene/MMA and VAc/MMA systems, where FpI 
and FM, refer to the first monomer in the copolymerization 
pair (styrene and VAc). For the styrene/MMA system, the 
monomer reactivity ratios are similar ( r l  = 0.46, r2 = 0.49) and 
FpI is close to FM, with an azeotropic point around FM, = 0.5. 
However, for the VAc/MMA system, the monomers have 
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0 0.2 0.4 0.6 0.8 1 

Monomer Composition (VAc) 

Figure 16. Copolymer composition diagram. 
Copolymer compositions ( F p  as functions of monomer 
composition (F,+,,) for the stirene/MMA and VAc/MMA 
systems. 

significantly different reactivity ratios ( r l  = 0.03, r2 = 26) and 
Fpi is significantly different from F M , .  Hence, for the 
styrene/MMA system the monomer composition change will 
not have a significant impact on the copolymer composition. 
However, for the VAc/MMA system at FM, around 0.9, any 
small change in the monomer composition will dramatically 
change the copolymer composition. 

Imperfect mixing creates heterogeneity in monomer com- 
positions and affects copolymer composition accordingly. Fig- 
ure 17 shows the influence of mixing on the copolymer com- 
position (FpI) at two different monomer feed compositions 
( F f M I ,  0.5 and 0.9) for both styrene/MMA and VAc/MMA 
systems. Note that the exit monomer composition (F,,) is dif- 
ferent from the feed ( FfM,) and has a higher concentration of 
less-reactive monomer (e.g., VAc). Because of different reac- 
tion environments, the exit monomer composition is also dif- 
ferent for the perfect and imperfect mixing cases. 

For the styrene/MMA system, Fpi (styrene) is almost inde- 
pendent of the mixing conditions at 0.5 monomer feed com- 
position FfM, and only slightly affected when FfMl is changed 
to 0.9. However, for the VAc/MMA system, Fp, (VAc) is 
strongly affected by mixing for FfMi of 0.5, and the influence 
is even more pronounced if FfMI is 0.9. 

!4 0.6 ESty/MMA(Fmi=O.g) 0 

0 0.2 0.4 0.6 0.8 1 
Recycle Fraction (fr) 

Figure 17. Effects of mixing on copolymer composition. 
Steady-state copolymer composition as a function of mix- 
ing intensity at two different monomer feed compositions 
(0.5 and 0.9) for styrene/MMA and VAc/MMA systems. 
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Figure 18. Effects of mixing on chain sequence length. 
Steady-state chain sequence length as a function of mixing 
intensity at two different monomer feed compositions (0.5 
and 0.9) for VAc/MMA system. 

Figure 18 shows the influence of mixing on the average 
chain sequence length (SL,) in the VAc/MMA system. The 
chain sequence length is also strongly affected by the mixing 
due to the difference in the monomer reactivity ratios and 
the heterogeneity in monomer composition. The influence of 
mixing is more important when FfM, is 0.9. By contrast, the 
chain sequence length for the styrene/MMA system is hardly 
affected by imperfect mixing (Zhang, 1996). Hence, mixing 
has a larger impact when the combined effects of reactivity 
ratio and monomer composition cause the copolymer compo- 
sition to be very sensitive to monomer composition. 

Conclusion 
A compartmental mixing model is used to study imperfect 

mixing and its effects on polymer properties. Three polymer- 
ization systems are studied because of their industrial impor- 
tance and unique kinetics: tyrene homopolymerization, high- 
pressure ethylene homopolymerization, and VAc/MMA so- 
lution copolymerization. The full MWD under imperfect mix- 
ing conditions is constructed from the leading moments based 
on predefined distributions. Continuation analysis indicates 
that mixing affects reactor steady states, stability, and poly- 
mer properties. The results suggest that both kinetic and mix- 
ing effects have to be considered in understanding how im- 
perfect mixing affects the polymer MWD. 

In linear polymerization systems, imperfect mixing broad- 
ens the MWD. However, in nonlinear polymerization systems 
with significant branching, depending on the reaction condi- 
tions, imperfect mixing can broaden or narrow the MWD. 
Branching and chain transfer reactions are among the impor- 
tant mechanisms in determining the mixing effects on poly- 
mer properties. By changing the dominant chain-termination 
mechanism to chain transfer to transfer agents, the influence 
of imperfect mixing on the MWD can be reduced. When 
copolymer composition is sensitive to monomer composition, 
mixing also significantly affects copolymer properties. 
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Notation 
Ak= apparent rate constants, mo1.L-l 
c =total specific heat, cal.g-’.”C-’ 
cP,= initiator concentration, mole L-‘ 

CM,= concentration of monomer i, mo1.L-I 
C, = solvent concentration, mo1.L-I 
C, = chain transfer agent concentration, mo1.L-I 

[On] = concentration of terminal double bond, mol 9 L-’ 
DTBP = ditert butyl peroxide 

E,  = activation energy, ca~.g-’ 

k ,  = backbiting rate constant, s-’ 
k ,  = initiator decomposition rate constant, s - ’  
k,  = propagation rate constant, L.mol-’.s-’ 
k,,= termination by combination rate constant, L.mol-’-s-’ 
ktd = termination by disproportionation rate constant, L.  mol-’ * 

k,,,  = chain transfer to agent rate constant, L*mol-’.s-’ 
krrp= transfer to polymer rate constant, L.mol-’.s-’ 
k,,,= chain transfer to solvent rate constant, L.mo1-l.s-l 
Mw,= molecular weight of component i, g.mol-’ 

f= initiator decomposition efficiency 

S-1 

P =  reactor pressure, atm 
R,=species i kinetic rate of change, mol.L-’.s-’ 
r, = reactivity ratio 
+=temperature, oc 
V= volume of reaction mixture, cm3 

W, = solvent weight fraction in the reaction mixture 
X = fractional conversion of monomer to polymer 

( A H f =  enthalpy of reaction r ,  cal-mol-’ 
p= total density, g - ~ m - ~  
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Appendix 
Live polymer moments 

CSTR are 
The live polymer chain-length distribution moments in a 

dp0.o Qin  in Q 1 dV -- - -CLo.o - ypo.0 - 7 - p o , 0  
dt V 
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The live polymer branching distribution moment in a CSTR 
is 

Under the QSSA, the differential equations for the live 
polymer moments become algebraic equations, which can be 
solved explicitly for the live polymer moments po,o, pI ,o ,  and 
Po. I '  

Bulk polymer moments 

CSTR are 
The bulk polymer chain length distribution moments in a 

The bulk polymer branching distribution moments in a CSTR 
are 
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